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Abstract. Effect of reaction conditions were investigated for Fischer-Tropsch (FT) synthesis process over
Fe/Cu/K./SiO2 catalyst for maximization of a selective range of liquid hydrocarbon (C5−20 ). Operating
conditions of the reaction have a strong impact on the activity and selectivity of the process. The parameters
that influence the FT synthesis reaction and product distribution include the reactor temperature, pressure,
space velocity, the H2 /CO molar ratio in the feed syngas and the catalyst. Experiments were performed at
varying range of temperature, pressure, Space velocity and H2 /CO molar ratio. Variation in C5+ selectivity and
(olefin/paraffin) O/P ratio were observed and analyzed to select the optimum values. Reaction conditions affect
the H2 and CO surface coverage and re-adsorption of olefins which play a crucial role in altering overall product
selectivity. Reaction rates for FT and water gas shift (WGS) reactions were compared at different conditions.
At optimum conditions, CO conversion and C5+ selectivity were 45.9% and 77.4%, respectively.
Keywords. Syngas; CO-hydrogenation; product selectivity; Fischer-Tropsch Synthesis.

1. Introduction
Hydrogenation of CO is a key step of Fischer-Tropsch
(FT) Process which produces a spectrum of products
in the form of liquid hydrocarbons. The crucial step
of the process is optimization of the operating conditions with the proper catalyst selection. Selection and
the screening of catalysts were already accomplished in
our earlier work. 1,2 Effect of Cu and K promoters has
been investigated over the Fe/SiO2 catalyst, and it was
shown that along with textural and morphological properties, promoters also influenced the activity and product
selectivity of catalyst.
Reaction parameters had a strong impact on the
catalyst performance which eventually affects the product distribution. Effect of operating condition and the
consequences of the variation of the parameters were
investigated by various authors. 3–7 Bukur et al., 4 investigated the effect of reaction parameter on the activity and
product selectivity of commercial silica-based Fe catalyst. While investigating the effect of process variables
on the reaction rates and the performance of Fe–Co–Mn
catalyst. Arsalanfar et al., 5 observed that the parameters
such as temperature, pressure, and theH2 /CO ratio had
* For correspondence

a marked impact on the rates of CO consumption, CH4
formation, and hydrocarbon formation. Ozkara-Aydınoglu et al., 6 studied the effect of reaction conditions
and catalyst loading on the carbon number distribution
in the product using precipitated Fe catalysts promoted
with K and Cu. They also observed that the change in
process conditions had a significant effect on hydrocarbon product distribution. Product distribution shifted
towards higher molecular weight products (C19+ range)
with the decrease in space velocity, but in case of temperature, an opposite trend was observed.
Product distribution, especially the nature of the liquid product strongly depends on the operating condition.
Anderson et al., introduced the first product distribution model in terms of Aderson–Schulz–Flory (ASF)
equation. 8,9 In the long history of FT, researchers have
followed both classical ASF non-ASF behavior of the
product distribution but at present the behavior of chain
growth probability (α) with reaction parameter is the
main matter of concern. Lox et al., 10 and Song et al., 11
employed reaction mechanisms to explain the dependence of product selectivity upon temperature. They
confirmed the dependence of chain growth probability on temperature and partial pressure of hydrogen
and carbon monoxide. Their results showed that the
value is considerably reduced in the high-temperature
1
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range. According to Todic et al., 3 mechanistic reasons
behind the behavior of α is not crystal clear but they
explained the dependence of α on the reaction parameter by the secondary pathway of reaction. For 0.48%
Re–25% Co/Al2 O3 catalyst in a slurry bed reactor, it was
observed that the variation in H2 /CO ratio affects the
value of α considerably while with increasing pressure
and decreasing temperature, a small increase in the value
of α is evident. Y.-Y. Ji et al., 12 emphasized the unclear
point regarding product distribution in the FT process.
They observed that the carbon number distribution for
Fe–Mn catalyst depends on the physical properties of
hydrocarbon. Whereas in the case of alkenes, the change
in product distribution with the operating condition
depends on the thermodynamic properties. Some studies are available in the field of FT process related to
the effect of operating condition. These effects were
studied either on the %CO conversion or the quality
of liquid product distribution which is characterized by
the variation of chain growth probability α. A combined study is needed to select an optimum reaction
conditions under which all the responses show optimum
values.
In the present work, a detailed investigation was done
to observe the performance of promoted iron catalyst
along with varying operating parameters. While selecting the optimum reaction conditions, variation in the
%CO conversion, C5+ selectivity, liquid product distribution and chain growth probability were analyzed in
detail. Some experiments were done by varying range
of process conditions (temperature, pressure, H2 /CO
molar ratio and space velocity). Performance of Fe–Cu–
K catalyst prepared using co-precipitation method was
investigated in a fixed bed reactor system.

2. Experimental
Silica-supported Fe–Cu–K (wt% 35.5/5/1) catalyst was prepared using co-precipitation followed by wet impregnation
technique. A detailed description of catalyst preparation and
characterization were discussed elsewhere. 1 Fresh calcined
catalyst were characterized with different techniques such
as BET, TPR-TPD, XRD, EDX, etc. The spent catalyst was
also characterized using XRD, TGA to understand the catalyst deactivation. The results describe the effect of loading
of active components on catalysts and their influence on
the textural and morphological properties. Catalytic activity, selectivity towards product distribution were related to
the morphological changes and the nature of coke formation. 1,2 The increasing K content increases the coke formation
which increases the rate of catalyst deactivation. The optimum composition of the catalyst was observed to be Fe–Cu–K
(35.5/5/1, wt%).
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The CO-hydrogenation reaction was investigated in a fixed
bed reactor (12.6 mm × 290 mm) of total volume 36.14 cm3 .
Detailed description of the experimental set up has been
described elsewhere. 7 In a typical experiment, 3 g (2.49 cm3 )
of the calcined catalyst was diluted with inert silicon carbide with a volume ratio of 1:5. Initially, the catalyst was
reduced in situ at 220 ± 3 ◦ C in a pure hydrogen atmosphere
for 6 h under atmospheric pressure. GHSV (gas hourly space
velocity) is defined as the volumetric gas flow rate (cc/h) per
unit weight of the catalyst (gcat). The flow rate of H2 was
maintained at GHSV of 12000 cc/gcat-h for the reduction
of the calcined catalyst. After complete reduction, the temperature of the reactor was increased gradually at a rate of
3 ◦ C/min to the reaction temperature and the desired pressure was maintained. Gas-liquid separator was installed at
the outlet where a higher fraction of liquid hydrocarbon get
condensed and uncondensed gases go to a gas chromatograph
for further analysis. 7,13 The gaseous products were analyzed
by a gas chromatograph equipped with thermal conductivity
detector (TCD) and flame ionization detector (FID). Liquid
products were analyzed by Simulated Distillation Analyzer
using ASTM D2887 method. The carbon balance as determined for each run was near to 95 ± 2%. The identification
of different key components present in liquid products formed
over catalyst was analyzed by GC-MS (Model: Perkin-Elmer
Clarus-600).
The effect of various process variables (viz., T, P, H2 /CO
molar ratio and GHSV) on the catalytic performance of the
Cu-K promoted silica supported Fe based catalyst (Fe/Cu/K,
wt%: 35.5/3/1) was investigated. Effect of temperature was
examined in the range of 215 to 245 ◦ C and pressure was varied from 5 to 25 bar. Similarly, the range for H2 /CO molar
ratio was 0.7 to 3.0 and GHSV was varied from 1000 to
4000 cc/gcat-h. In all the runs, reduced catalyst was tested
for ∼100 h at the different operating condition. CO conversion and percent product selectivity are shown in Figures 1 to
6. CO conversion and product selectivity (%) on carbon basis
were calculated using following Eq. refeq1 and Eq. refeq2,
respectively 2 .
CO conversion(%)
(moles of CO)in − (moles of CO)out
=
× 100
(moles of CO)in
Product selectivity(%)
(moles of product)
=
× 100
(moles of CO reacted)

(1)

(2)

3. Results and Discussion
To achieve the optimum conditions for maximum CO
conversion and C5+ selectivity, results have been compared at varying conditions. Results in terms of olefin to
paraffin ratio (O/P), product distributions in gas phase
and liquid phase were examined at various operating
conditions. The temperature is an important reaction
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parameter which affects the CO conversion and product
selectivity. The reactor temperature should be properly controlled to maintain a constant temperature
throughout the catalyst bed. To achieve maximum CO
conversion and desirable product selectivity, the selection of an appropriate reactor temperature is necessary.
The reactor pressure in FT synthesis can be used for
the maximization of liquid hydrocarbon yields. Space
velocity is the ratio of the feed flow rate to the reactor
volume or size and is used for rating the size of the reactor. The implication of varying the syngas space velocity
in a commercial FT application is of interest, as the relationship of space velocity to the size of the FT reactor
vessel is inversely proportional.

3.1 Effect of process condition on %CO conversion
and C5+ selectivity
As the temperature is increased from 215 to 245 ◦ C, CO
conversion increased from 32% to 50% (Figure 1a). At
the same time, selectivity to C5 + fraction diminished
from 85% to 45%. It is reported that the CO dissociation increases with increasing temperature and provides
more surface C species for hydrocarbons formation and
thereby increases CO conversion. 14,15 It can be noticed
that the change in conversion is not significant from
temperature 225 ◦ C to 245 ◦ C, however, decrease in
C5+ selectivity is significant. A good trade-off between
high conversion and high C5+ selectivity was observed at
temperatures between 225 and 235 ◦ C. Figure 1b shows
the influence of the pressure on CO conversion and C5+
selectivity during the FT synthesis. The results show that
an increase in pressure from 5 to 25 bar, %CO conversion increases from 28.8 to 42.9%. Also, the selectivity
of liquid hydrocarbons (C5+ ) increased by increasing the
pressure. Collision probability of the reactant to the catalysts surfaces increases with increasing pressure which
in turn enhances the concentration of active surface carbon species. 16 It is also reported that with increasing
pressure, contact time of the reactant species with solid
surface increases and is responsible for increased CO
conversion with pressure. The increased selectivity to
long chain hydrocarbon can be attributed to the fact
that at higher pressure individual CH2 units are available on the catalyst surface which favor chain growth
reactions. 17 Hydrogenation and oligomerization reaction is also favored at high pressure on the surface of
the catalyst. Therefore, C5+ selectivity increases with
the pressure. On comparing the combine response of
conversion and C5+ selectivity, it was observed that
at a higher pressure above 15 bar there is no significant change in conversion level. However, selectivity
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to C5+ increases significantly. In Figure 1c, the effect of
varying feed gas velocity is examined for CO conversion
and C5+ selectivity. The CO conversion decreased progressively from 50% to 28% as the space velocity
increased from 1000 to 4000 cc/gcat-h. At the same time
selectivity to C5+ also decreases with increasing space
velocity. Increasing space velocity decreases the residence time and suppresses the chain growth leading to
the more formation of light hydrocarbons and less formation of C5+ hydrocarbons. The results obtained are in
contradiction with the findings of few researchers. 16,18
However, Iglesia et al., 19 observed the same trend and
suggested that as residence time increases, C5+ selectivity increases. Reason relied on was the secondary
reactions which contribute to chain growth probability and increases product with higher molecular weight.
Chain growth probability for C5+ chains is strongly
affected by residence time of the reactant. It can also
be explained with the help of chain termination probability which decreases for C2 -C15 chains, as the reactant
gets more time for exposure at catalyst site. The net
rate of chain termination of olefins decreases, depending upon the extent of readsorption of larger olefin. On
the contrary, rate of chain termination to form paraffin
is not affected significantly. At higher space velocity
chain growth probability is suppressed leading to less
formation of higher hydrocarbons. 20 While investigating the effect of H2 /CO ratio of feed gas (Figure 1d), it
was observed that CO conversion increases along with
increasing H2 /CO molar ratio (0.7 to 2). It reaches a
maximum value at H2 /CO = 2 and then decreases for
further increase in the H2 /CO ratio. C5 + hydrocarbon
decreases with increase in H2 /CO ratio. Our finding
of CO conversion trend corroborates with the results
obtained by Mirzaei et al., 18 and Sarkari et al. 21 They
indicated that after H2 /CO = 2.5, there is a large difference in the partial pressure of H2 and CO and relatively
small amount of adsorbed CO is surrounded by adsorbed
H species. The consequences of the process end up
producing lower chain hydrocarbon. Also, at very low
H2 /CO ratio, activity for FT synthesis is low because
of the relative adsorption rate of CO and H2 . At low
H2 /CO ratio, the rate of adsorption of CO is higher than
that of H2 which creates a scarcity of H2 at the surface
and leads to a lower FT activity. 15 In contrast to our findings, Luo et al., 22 related the results of CO conversion
with the H2 utilization rate and carbide phase formation
rate. At high H2 /CO ratio, H2 utilization decreases and
at the same time lower partial pressure of CO affects
the carbide phase formation of an iron catalyst which in
turn decreases FT activity. C5+ hydrocarbon decreases
with increase in H2 /CO ratio. Formation of long-chain
hydrocarbon (C5+ ) depends on the probability of chain
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Figure 1. Effect of process condition on %CO conversion and C5+ Selectivity. (a) Effect of T; (b) Effect of P; (c) Effect of
GHSV; (d) Effect of H2 /CO ratio. (H2 /CO = 2, GHSV = 2000 cc/gcat-h and P =15 bar, T=225 ◦ C).

propagation and termination step. Partial pressures of
H2 and CO directly affect these steps and shift the
product selectivity to either long chain hydrocarbon
or light hydrocarbon. Increasing H2 /CO ratio to high
H2 concentration increases the termination of growing
chain, and as a result, C5+ selectivity decreases. 23–25
Similarly, increased C5+ fraction at lower H2 /CO molar
ratio can also be explained by different reaction steps
involved. At lower H2 /CO ratio, condensation steps
dominate over the hydrogenation steps. On comparing
the combined response of CO conversion and C5+ production, it was observed that at H2 /CO ratio of 1 and 2,
the results are in favor of high CO conversion with high
selectivity to C5+ product.
In the view of above discussion, a range of operating parameters were selected for further investigation.
Combining the change in responses with the change in
all four parameters, it can be observed that temperature

range of 215–225 ◦ C, the pressure of 15–20 bar, GHSV
of 1000–2000 cc/gcat-h and the H2 /CO ratio of 1 to 2
are suitable for maximum %CO conversion along with
maximum C5+ selectivity. To narrow down the selected
range of process parameter, the variation in the product
distributions in gas as well as liquid range were investigated in the next section.
3.2 Effect of process condition on product
distribution
Figure 2 reveals the effect of varying reaction conditions
on product distribution. Results reveal that hydrocarbon
distribution is significantly changed by the change in
temperature. As the reaction temperature is increased,
the selectivity to methane (C1 ) increased from 4.9%
to 9.3%, and selectivity to lighter fraction (C2 -C4 )
increased from 5.7% to 20%. As discussed above,
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Figure 2. Effect of process conditions on product distribution. (a) Effect of T; (b) Effect of P; (c) Effect of GHSV; (d) Effect
of H2 /CO ratio. (H2 /CO = 2, GHSV = 2000 cc/gcat-h and P =15 bar, T=225 ◦ C).

the temperature affects the CO dissociation rate in a
positive manner which creates an abundant amount of
surface H species and enhances methane formation.
Because of high rates of CH4 production, the concentration of H2 and CO within the catalyst bed changes.
Increased H2 /CO ratio inside the reactor affects the
readsorption of olefins and secondary hydrogenation
reaction. These reactions become less dominant, and
as a result, the ratio of olefin to paraffin increases with
reaction temperature. Another important parameter is
chain growth probability which is defined as the ratio
of the rate of chain propagation to the sum of rate of
termination and propagation. Increase in temperature
decreases the chain growth probability which causes

higher amount of lighter fraction (C2 -C4 ) in the product
stream. 26,27 Results of Tian et al., 15 also corroborated
with our finding and indicated that increasing temperature reduced CO coverage and increased the H coverage,
and therefore, the selectivity to desired liquid hydrocarbon fraction (C5 +) decreased, whereas, methane and
lighter hydrocarbon fraction (C1 and C2 -C4 ) increased.
Increasing temperature shifts the product towards lower
range hydrocarbons. Thermodynamically, methane and
lower hydrocarbons show higher stability at higher temperature conditions. In case of higher hydrocarbons,
cracking and de-alkylation reactions can quickly take
place at high temperature as they are sensitive at a
higher temperature. Also, at high temperature, polymer-
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ization reactions are less favored; therefore the yield
of higher hydrocarbon decreased. Dalai et al., 28 indicated that increasing temperature favors desorption of
hydrocarbon rather than propagation step. Cracking of
higher hydrocarbons at a higher temperature could also
be the reason for improved selectivity to lower hydrocarbon fraction. It is reported that high partial pressure
of H2 on K promoted catalyst surface increases the rate
of chain termination step to lower paraffin (i.e., CH4 ).
α-Olefins readsorption is a way towards the formation
of C5+ hydrocarbon. However, increase in temperature
affects the concentration of re-adsorbed α-olefin as it
favors desorption rather than readsorption of the compound. 29
It is well known that the relative activities of FischerTropsch Synthesis (FTS) and WGS reaction affect the
CO conversion level and change the product selectivity.
In the product stream, CO is distributed among hydrocarbon and CO2 . Formation of these products takes place
via FTS reaction and WGS reaction. It can also be
observed from our finding that FTS rate is relatively
higher than WGS at lower CO conversion level (∼ at a
temperature of 215 ◦ C) due to which higher fraction of
CO was converted to hydrocarbons. It is also reported
in the literature that the addition of K in catalyst favors
FTS rate and inhibits WGS reaction. 30 However, the
rapid rate of FTS decreases H2 /CO ratio inside the
reactor and rate-determining step shifts from FTS to
WGS reaction. Thus, at 245 ◦ C, WGS rate and the
selectivity towards CO2 were increased for K promoted
catalyst. From our finding (Figure 2a), it is observed
that selectivity to lower hydrocarbons (C2 -C4 ) shows
an opposite trend concerning C5+ selectivity. In contrast to our results, Li et al., 31 reported that the C5+
fraction increases with increase in temperature because
condensation steps are having a smaller value of activation energy than those for hydrogenation of light
hydrocarbons. Results obtained by Madon et al., 32 also
contradicts with our finding. They indicated that with
increasing temperature, there is a sharp reduction in CO2
selectivity and whereas the C5+ selectivity remained
constant.
In case of increasing pressure (Figure 2b), selectivity
towards methane and C2 -C4 gaseous product decreases.
The decrease in CH4 formation with an increase in pressure is attributed to an increase in the rate of formation
of long chain hydrocarbon due to olefin readsorption.
From Figure 3b, it is clear that CO2 selectivity decreases
with increase in pressure. Madon et al., 32 explained
the reason in terms of water gas shift activity. At
lower pressure, the rate of water gas shift reaction is
higher, however at higher pressure reverse water gas
shift reaction becomes dominant. At higher pressure
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hydrogen produced by water gas shift reaction is
consumed as a reactant which results in lower
formation of CO2 .
With the increase in space velocity, selectivity to CH4 ,
C2 -C4, and CO2 is enhanced at the specified range of
GHSV (Figure 2c). Our finding corroborates the results
obtained by Dalil et al., 23 which explained the reason for the term of contact time of reactant on active
site. Increasing the GHSV could not provide sufficient
times for different step involved in the process of long
chain formation such as chain propagation step, secondary reactions, olefins readsorption and production
of paraffin. Also, due to pore filling phenomenon, diffusion of reactant plays an influential role in the removal of
hydrocarbons from the catalyst surface however at high
gas space velocity mass transfer limitations get eliminated which entirely change the product distribution. 33
At lower GHSV, methane interacts with the reactants
while attached to the surface and the chain propagates
to produce long chain hydrocarbons. However, at high
reactant flow rate CH4 may desorb without interacting other following reactant and it will end up forming
more and more methane. Thus, an optimum flow rate is
required to the catalyst surface to facilitate chain growth
and production of long chain hydrocarbon.
Decreased selectivity to CO2 with increasing H2 /CO
ratio (Figure 2d) can be explained with the help of
water gas shift activity. The WGS is inhibited due to
higher H2 content in the gas of higher H2 /CO ratio.
It is also observed from that increasing H2 /CO ratios
in the feed stream result in the higher amount of
lower range hydrocarbons (C1 and C2 -C4 ), the lower
olefin to paraffin ratios (O/P). These results corroborate with the result obtained by Donnellyd an Satterfield. 34 Results also reveal that the selectivity to
methane increases with increasing H2 /CO ratio in the
feed.
In the light of above discussion, selection of optimum
reaction parameters at which maximum CO should convert into the desired hydrocarbon with minimization of
loss of carbon through the production of methane and
CO2, is possible. On comparing the product distribution at temperatures 215 ◦ C and 225 ◦ C, the former one
was suitable for desired product distribution. However,
the CO conversion was maximum at 225 ◦ C. In case of
pressure, product distribution was almost comparable at
both pressure of 20 bar and 25 bar. H2 /CO ratio of 0.7
and 1 is comparable. However, the %CO was maximum
at the ratio of 1. Similarly, in case of GHSV of 1000
and 2000 cc/gcat-h, the product distribution was almost
similar. To present a clearer picture, further analysis was
done for the olefin to paraffin ratio over varying range
of reaction conditions.
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Figure 3. Effect of process condition on olefin-to-paraffin (O/P) ratio. (a) Effect of T; (b) Effect of P;(c) Effect of GHSV;
(d) Effect of H2 /CO ratio. (H2 /CO = 2, GHSV = 2000 cc/gcat-h and P =15 bar, T=225 ◦ C).

3.3 Effect of process condition on O/P ratio
Figure 3a indicates that the ratio of the selectivity to a
light olefin-to-paraffin ratio (O/P) over the iron-based
catalyst increases with increasing temperature (215 ◦ C
to 245 ◦ C). The fraction of unsaturated hydrocarbons
was significantly increased by increasing the reaction
temperature. The explanation was based on the fact
that the rate of dehydrogenation reaction increases with
an increase in temperature. 35 The rate of formation of
1-olefin compared to rate olefin hydrogenation is the
decisive factor on which increase or decrease of selectivity depends. Addition of K promoter enhances CO
chemisorption and restrains H2 adsorption which results
in an increased olefin formation and low hydrogenation
activity. Therefore, olefin selectivity will increase with

reaction temperature for K loaded catalysts. Our results
corroborate with the finding of several researchers, and
they found that for K promoted iron catalysts, olefin-toparaffin ratio increases with increasing temperature. 25,36
Secondary reactions (isomerization and hydrogenation)
may also be responsible for such behavior of the product distribution with temperature. The ratio of 2-butene
to 1-butene ratio is an important measure of secondary
reactions. It can be seen from Figure 3a that isomerization activity of the catalyst decreases whereas
olefin/paraffin selectivity increases with temperature.
Reduced hydrogen adsorption at high temperature can
be a cause of low isomerization activity.
Effect of pressure is evident on gaseous olefin to
paraffin ratio (O/P). Formation of α-olefin is the primary reaction during FT synthesis which hydrogenates
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to form the corresponding paraffin. It is observed from
Figure 3b that the selectivity for low carbon number
olefins (C2 -C4 olefins) decreased with increase in pressure from 5 to 25 bar. This may be due to increase in
secondary hydrogenation. It is also confirmed through
various literature reports that an increase in total reactor
pressure result in condensation of hydrocarbons which
saturates the catalyst pores. 25,37 At high pressures, the
presence of liquid phase in catalyst pores could affect
the rate of elementary steps and the concentrations of
carbon monoxide and hydrogen in the vicinity of catalyst site. To reach the active site, reactants have to
diffuse through the liquid filled pore and depending
upon the diffusivity of the reactant, H2 /CO molar ratio
changes. At the same time reaction products have to
diffuse in the opposite direction. It was observed that
olefins re-adsorbed on the active sites and reinserted
in the growing chain (forming heavier hydrocarbons) or
can be hydrogenated to the corresponding paraffin. 38 So
the increased pressure strongly affects the liquid product selectivity. It is also reported in the literature that
increasing pressure in the system, increases the partial
pressure of H2 . This enhances hydrogenation reaction.
Olefins produced from the process get saturated. Madon
et al., 29 indicated that the hydrogenation of the primary α-olefin product becomes more effective at higher
pressure. The ratio of 2-butene to 1-butene increases
with pressure indicating that the isomerization of the
product is also increased. Therefore, the linearity of the
paraffinic hydrocarbon will diminish with the increasing
pressure.
It is observed from Figure 3c that selectivity ratio
of C2 = /C2 , C3 = /C3 and C4 = /C4 increased
with the increase of space velocity from 1000 to 4000
cc/gcat-h. Selectivity to paraffin decreased and that of
olefins increased with space velocity. Teng et al., 26 also
reported the similar trend that with increasing space
velocity, olefin-to-paraffin ratio increased significantly.
Similar trend was observed by Kuipers et al., 38 Bukur
et al., 4 and Iglesia et al., 28 on various FT catalysts.
These results indicate that the GHSV is an important
parameter which plays a decisive factor on the catalytic performance of K-promoted iron-based catalysts
for hydrogenation of CO. Another very important observation is that selectivity ratio of 2-butene to 1-butene
decreased with increasing space velocity. Our finding
corroborates with the results obtained by Donnelly et
al., 34 and Iglesia et al. 20 They suggested that increasing
reactant flow rate diminish the selectivity to 1-butene.
This depletion of α-olefins in the product are not caused
by secondary hydrogenation or double bond migration
reaction. This is due readsorption of 1-butene to the surface which subsequently helps in chain growth. So the
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selective readsorption steps may be responsible for the
decreased olefin-to-paraffin ratios with increasing residence time. Dictor et al., 39 had reported a slight decrease
in selectivity ratio of 2-butene to 1-butene olefin content
with increased space velocity on potassium-free Fe2 O3
powders at high H2 /CO ratios.
While observing the effect of H2 /CO ratio, it was
observed that the selectivity to both heavier hydrocarbons (C5+ ) and olefin-to-paraffin ratio (O/P) (Figures 1d
and 4d) decreased by increasing the H2 content in the
feed gas. The relatively higher concentration of hydrogen inhibits the formation of long-chain hydrocarbon
and favors the termination of hydrocarbon chains into
lower paraffin. Therefore, H2 rich feed gas increases
the termination rate of product in the form of paraffin,
reducing the number of olefins. At the other end, olefin
fraction increases with lowering H2 /CO molar ratio. As
already discussed, the formation of α–olefin is a primary step of FT synthesis. At lower H2 concentration,
these species either readsorb to form a long chain or
desorb to form olefin but do not get hydrogenated and
O/P ratio remain high in product stream. 32,40 It is clear
that α-olefins mainly consume by either incorporation
in growing chain or by hydrogenation. At higher H2 /CO
ratio hydrogenation reaction dominates. Another reason
for high O/P ratio at low H2 /CO is restricted mobility
of H2 . The consequence of reduced H2 motilitiy, as well
as reduced hydrogen adsorption rate, is the decrease in
the rate of hydrogenation of alkenes to alkanes. The
selectivity ratio of 2-butene to 1-butene increased with
increase in inlet H2 /CO molar ratio (Figure 4d). This
indicates that selectivity ratio of 2-butene to 1-butene
increases with increasing H2 partial pressure. These
results are corroborating with the results of Donnelly
et al., 34 and Dictor et al., 39 where it was reported that
2-butene to 1-butene ratio increases with increasing H2
partial pressure and relatively independent of CO pressure.
In the above discussion, the focus was to show the
effect of process condition on the distribution of gaseous
hydrocarbons which is the important part of the product.
Lower range olefins (C2 -C4 ) are important derivatives of
petrochemical industries. In order to maximize the carbon utilization in the process, it is important that along
with the liquid product, the gaseous product should
also consist of valuable chemicals. Also, the measure
of the ratio of 2-butene to 1-butene helps to anticipate
the nature (linear or branched) of long-chained liquid
hydrocarbons. While selecting the optimum conditions,
higher temperature (245 ◦ C) and higher GHSV (4000
cc/gcat-h) are excluded due to their low conversion
level. Similarly, lower pressure (5 and 15 bar) and lower
H2 /CO ratio (0.7) cannot be considered for the same
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Figure 4. Effect of process condition on C5+ liquid hydrocarbons products distribution. (a) Effect of T; (b) Effect of P; (c)
Effect of GHSV; (d) Effect of H2 /CO molar ratio. (H2 /CO = 2, GHSV = 2000 cc/gcat-h and P =15 bar, T=225 ◦ C).

reason. Temperature range of 215–225 ◦ C, pressure 25
bar, GHSV of 2000 cc/gcat-h and the H2 /CO ratio of 1
are suitable for the reaction.
3.4 Liquid product distribution and chain growth
probability (α)
The purpose of the work is to select appropriate reaction
conditions for the maximization of the production of liquid hydrocarbon with the optimum CO conversion. In
view of the aim of the work, quantitative analysis of the
liquid product is equally important. As discussed earlier
in section 3.1, reaction condition significantly affects the
selectivity to C5+ product. To present a clearer picture,
quantitative analysis of the liquid products was done
and compared at varying reaction conditions. Effects
of all four process parameters on liquid hydrocarbons

(C5+ ) distribution are shown in Figure 4. The detailed
liquid product distribution data at two selected rection conditions based on carbon number are fitted in
the Anderson–Schulz–Flory (ASF) model (Figure 5).
Anderson et al. introduced the first product distribution
model in terms of ASF equation. 8,9 The model includes
chain growth probability factor α which is a ratio of the
rate of chain propagation to rates of chain termination
plus propagation.
Increasing the temperature from 225 ◦ C from 245
◦
C, the fraction of lower range hydrocarbons (< C11 )
increases. At lower temperature (225 ◦ C), as a result
of secondary reactions which involve readsorption and
incorporation of olefins into growing chains, the fraction of heavy paraffins is high. The influence of reaction
pressure on distribution of liquid hydrocarbon product
is shown in Figure 4b. Chain propagation is favored at
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Figure 5. Effect of process condition on chain growth probability α (a) Effect of T (b) Effect of P (c) Effect of GHSV (d)
Effect of H2 /CO molar ratio. (H2 /CO = 2, GHSV = 2000 cc/gcat-h and P =15 bar, T=225 ◦ C).

a higher pressure. As a result, higher molecular weight
hydrocarbon increases with increase in pressure. The
ASF distributions were also obtained at two different
pressure levels. In agreement with selectivity data, the
increase of pressure leads to a significant variation in
the slope of the corresponding ASF plot. Increasing
pressure from 15 to 25 bar, the chain growth probability increased from 0.70 to 0.73 (Figure 5b). Our
finding corroborates the results obtained by Sarkari et
al. 18 Effect of GHSV on C5+ liquid hydrocarbons products distribution at H2 /CO = 2, temperature = 225 ◦ C
and the pressure =15 bar as shown in Figure 4c. The
details of liquid product analyzed data at two different GHSV based on carbon number basis and the ASF
chain growth fitted mechanism is presented (Figure 5c).
With increasing GHSV from 2000 to 4000 cc/gcat-h,
catalyst showed a higher amount of lighter hydrocarbons. The result shows that percentage of higher

molecular weight hydrocarbons is higher at 2000
cc/gcat/h (< C11 ) compared to 4000 cc/gcat-h. With the
increase of reaction GHSV from 2000 to 4000 cc/gcath, the ASF chain growth probability decreases from
0.7 to 0.68. Kuipers et al., 41 gave a most reasonable
explanation for the decrease in chain growth probability with an increase in GHSV which explains that
the occurrence of secondary reactions which include
hydrogenation, reinsertion, hydrogenolysis, and isomerization severely minimizes with the increasing GHSV.
Iglesia et al., 19 indicated that the increasing C5+ selectivity and CO conversion with increasing reactor residence
time are poor of the contribution of secondary reaction in chain growth. Also, the olefin content for each
carbon number group decreases, but chain growth probability for C5+ chains is increased with increased bed
residence time. The influence of H2 /CO ratio on liquid
hydrocarbons products distribution and the ASF chain
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growth probability at temperature = 225 ◦ C, GHSV
= 2000 cc/gcat-h and the pressure = 15 bar is shown
in Figures 4d and 5d, respectively. With increasing
H2 /CO molar ratio from 1 to 2, catalyst showed a lower
amount of heavier hydrocarbons. However, the catalyst
has shown higher percentage of heavier hydrocarbons
(≥ C10 ) at H2 /CO = 1 compared to H2 /CO = 2. It is
also clear that higher H2 /CO ratio is preferential for the
chain termination to produce light hydrocarbons, while
the lower H2 /CO ratio is preferential for chain growth
and the production of heavy hydrocarbons. 42 Figure 5d
shows the relationship between the ASF chain growth
probability and the H2 /CO ratio. It is found that the chain
growth probability of the Fe-based catalyst decreases
from 0.75 to 0.71 when the H2 /CO ratio increases from 1
to 2. This observation is consistent with the FTS mechanism, namely the competitive elementary steps of chain
growth and chain termination. When the H2 /CO feed
ratio changes from 1 to 2, the concentration of H2 at
the surface of the catalyst increases. This leads to high
hydrogenation (chain termination) rates and lowers the
ASF chain growth probability. Our finding corroborates
the literature results. 18,39
The above discussion shows that the quality of the
C5+ liquid product is shifted toward a desired range
of hydrocarbon (C11 -C20 ) at selected optimum reaction
conditions (Temp - 225 ◦ C, pressure - 25 bar, GHSV 2000 cc/gcat-h and H2 /CO ratio - 1).
3.5 Effect of operating condition on the rate
The rate of FT reaction and WGS reaction is equally
important in case of iron-based catalyst. Therefore while
selecting the optimum reaction parameters, it mandatory
to examine their effect on the rates. The rate of the WGS
and FT reactions are defined below.
r W G S = r C O2
r F T = r C O − r C O2
Where, rC O2 is the rate of formation of CO2 and rC O
is the rate of consumption of CO (conversion).r F T is
the FTS reaction rate (hydrocarbon formation rate). The
rate of the water gas shift reaction is defined as the rate
of CO2 formation. Rate is expressed as g gcat−1 s−1 .
Water produced by the FT is limiting reactant for WGS
reaction so the rate cannot be greater than the rate of the
FT reaction. The effects of reaction parameters on the
reaction rates are shown in Figure 6.
Increasing reaction temperature from 225 ◦ C to 245
◦
C shows a positive effect on the conversion rate of
CO. An increasing trend in FTS reaction rate with
increasing temperature is observed (Figure 6a). Results
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are in agreement with the literature reports. 43,44 The
observation shows a linear relation between FT rate
and temperature. It is observed that CO2 formation rate
is low at 225 ◦ C, whereas CO consumption and FTS
rate are relatively higher. Also, at 225 ◦ C temperature,
liquid product (C5+ ) selectivity (Figure 1a) is also significant. It is also reported in the literature that at this
temperature, WGS reaction is far away from equilibrium. 45,46 Considering the above, 225 ◦ C is considered as
optimum temperature for FTS reaction for the selected
catalyst.
In Figure 6b, it is evident that the rate of FTS reaction and rate of CO conversion increases with increasing
pressure, whereas rate of CO2 formation decreases. The
reason may be the enhanced collision probability of the
reactant to the catalyst active site which increases with
the increased surface concentration of carbon species.
As a result, the rate of CO conversion reaction is
enhanced. It is observed that rate of CO2 formation
is lowest at 25 bar pressure, whereas CO consumption and FTS rate are highest. Also, at 25 bar pressure,
C5+ selectivity (Figure 1b) is also higher. Considering
the above, 25 bar pressure is considered as optimum
pressure for hydrocarbon formation for the selected catalyst.
As space velocity increases from 1000 to 2000 cc/g
cat/h, there is a sharp increase in the rate of FTS reaction
however further increase up to 4000 cc/g cat/h shows a
gradual increase in the same (Figure 6c). Almost similar trends are observed in case of CO conversion rate
and CO2 formation rate. At higher space velocities, FT
rate dominates the water gas shift rate. However at lower
space velocity both FT and water gas shift rates decrease
and conversion increases. It can be concluded that CO2
formation rate at GHSV of 2000 cc/gcat-h is lower,
whereas CO conversion (Figure 1a) is reasonably good.
Optimum GHSV of 2000 cc/gcat-h is considered for
hydrocarbon formation rate for selected Cat-1K catalyst.
As mentioned above, FTS reaction and product selectivity also depend on the H2 /CO ratio. Figure 6d shows
the effect of H2 /CO ratio on the reaction rates. It is
observed that rate of CO2 formation decreases with
increasing H2 /CO ratio. This is due to increase in the
hydrogen concentration which eventually increases partial pressure and shifts the water gas shift reaction in
the opposite direction. 47 The CO conversion rate and
FTS reaction rate increased up to H2 /CO molar ratio of
1, and after that, it decreases with increase in H2 /CO
ratio. Also, liquid hydrocarbon selectivity is higher at
a lower H2 /CO ratio (Figure 1d). It is evident from
the results that proper H2 /CO ratio in feed gas ends
up attaining optimum selectivity to light olefins and
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Figure 6. Effect of process condition on FTS rate and WGS reaction rates. (a) Effect of T; (b) Effect of P; (c) Effect of
GHSV; (d) Effect of H2 /CO molar ratio. (H2 /CO = 2, GHSV = 2000 cc/gcat-h and P =15 bar, T=225 ◦ C).

liquid hydrocarbons. It can be concluded from Figure 6c
that CO2 formation rate at H2 /CO ratio of close to 1 is
reasonably lower, whereas CO consumption and FTS
rate are also comparatively higher. An H2 /CO molar
ratio near to 1 is considered as the optimum ratio for
hydrocarbon formation for the selected catalyst.
From the above study, the optimum operating conditions for FT synthesis of silica-supported Fe–Cu–K
catalyst are the temperature of 225 ◦ C, the pressure of
25 bar, H2 /CO ratio of ∼1 and GHSV of 2000 cc/gcath. The selected Cat-1K catalyst is tested at the above
optimum operating conditions and performance of the
catalyst is given in Table 1. At optimized operating conditions, CO conversion is 45.9 wt% once-through-mode
operation (without recycle). C5+ selectivity for Cat-1K
catalyst is 77.4 wt%.

4. Conclusions
Detailed study of FT reaction parameters was conducted
in a fixed bed reactor over selected Cu, and Kpromoted silica-supported Fe-based catalyst. CO conversion, selectivity to a lighter fraction (C1 and C2 -C4 )
increased, and C5+ fraction decreased by increasing
the reaction temperature from 215 ◦ C to 245 ◦ C. It is
also observed that selectivity to an olefin-to-paraffin
ration increased with increasing temperature. With the
increase in pressure from 5 to 25 bar, CO conversion
increased. The selectivity of the liquid hydrocarbons
(C5+ ) increased substantially by increasing the pressure,
however, selectivity to methane, C2 -C4 gaseous products
and CO2 decreased. It is observed that the selectivity
for low carbon number olefins (ethylene, propylene and

J. Chem. Sci. (2018) 130:64

Page 13 of 14 64

Table 1. Conversion and product selectivity at optimized
conditions.
Catalyst
Temperature, ◦ C
Pressure, bar
H2 /CO ratio
GHSV, cc/gcat-h
Catalytic Performance
Run duration, h
CO conversion, wt% (without recycle)
Selectivity, wt%, C basis
C1
C2 -C4
C5+
CO2

Cat-1K
225
25
1
2000
100
45.9
5.31
10.13
77.4
7.12

Activation conditions: T = 220 ◦ C, P= 1 bar, Duration= 6 h,
Activating agent = H2 , H2 flow rate= 200 mL/g.Fe.

C4 olefins) decreased with increase in pressure from
5–25 bar. CO conversion decreased with increasing
space velocity from 1000 to 4000 cc/g cat/h. It is also
observed that increase in space velocity, selectivity to
CH4 , C2 -C4, and CO2 is enhanced at the specified range
of GHSV. Selectivity ratio of C2 = /C2 , C3 = /C3, and
C4 = /C4 increased with the increase of space velocity.
As H2 /CO molar feed ratio is increased from 0.7 to 2,
CO conversion increases with the increase of ratio up
to 2 then decreases for further increase of the H2 /CO
ratio. Increasing H2 /CO feed ratio in the reactor also
increases the amount of lighter hydrocarbons (C1 and
C2 -C4 ) and decreases the selectivity to C5+ and olefin to
paraffin ratios.
The reaction temperature, pressure and space velocity positively affect the FTS reaction rate. However,
FTS reaction rate passes through optimum value in
case of increasing H2 /CO ratio. At optimized operating conditions (temperature – 225 ◦ C, pressure - 25
bar, H2 /CO ratio - 1 and GHSV - 2000 cc/gcat-h),
%CO conversion and C5+ selectivity over the selected
catalyst (35.5Fe/5Cu/1K) were 45.9 and 77.4%, respectively.
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